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A B S T R A C T

This work presents a study of the heat and mass transfer performance of desalination in a laboratory-
scale rectangular cross-flow flat-sheet membrane module by vacuum membrane distillation (VMD)
experiments. Results show that the traditional Nusselt and Sherwood correlations, which are frequently
employed in the membrane distillation literature, are not suitably used to estimate the heat and mass
transfer coefficients in the VMD system for Reynolds numbers ranging from 150 to 1400. In this study, it
was observed that approximately 30% of the experimental data fit well with semi-empirical correlations

whose empirical constants are a ¼ 2:76 � 10�3,b ¼ 0:97 and c ¼ 3:7909. The heat transfer process is
limited by the resistances in the feed boundary layer and the membrane. The heat transfer resistance in
the membrane increases when that in the feed boundary layer decreases and vice versa. More than 50% of
the heat transfer resistances occur in the liquid feed phase at feed flow rates below 1200 mL/min,
whereas the remaining occur in the membrane itself. At feed flow rates that exceed 1200 mL/min, the
heat transfer resistance in the membrane becomes dominant. The Knudsen-viscous resistance controls
the mass transfer through the membrane while the mass transfer resistance in the liquid feed phase is
absent.
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1. Introduction

Desalination is becoming increasingly well-known as a
promising alternative source of potable water. Current commercial
desalination technologies include those that implement reverse
osmosis (RO) and thermal evaporation. These commercial desali-
nation technologies, however, are relatively energy-intensive, e.g.
high operating pressure in RO and high operating temperature in
thermal evaporation techniques. Compared to RO and thermal
evaporation techniques, membrane distillation (MD) consumes
less energy, that is, the process can operate with low- grade
heating sources under non-pressurised conditions [1–3]. Conse-
quently, MD has been considered a process intensification method
because it is less costly and safer [4,5].

Recently, the use of MD for producing fresh water through
desalination has been highly recommended [6]. In desalination by
the MD process, saline water is brought into direct contact with the
upstream side of a porous hydrophobic membrane, and water
vapour is thermally driven through the membrane. Water vapour
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transport across the membrane occurs when a driving force
between the upstream and the downstream sides of the
membrane exists. The MD methods designed to maintain the
driving force can be categorised into four types of configurations:
direct contact MD (DCMD), air-gap MD (AGMD), sweeping-gas MD
(SGMD) and vacuum MD (VMD). Desalination using VMD is the
most frequently investigated configuration because it exhibits the
highest flux amongst the abovementioned types [7,8].

Highly permeable membranes are the most suitable for use in
the VMD process for desalination applications [9]. Because such
membranes are porous and permeable, heat and mass transfer
occur simultaneously during the separation process. Traditional
Nusselt and Sherwood correlations, respectively, have been
employed in most published studies of VMD as well as other
MD configurations to predict the heat and mass transfer
coefficients in the feed phase [10–12]. However, these correlations
are developed exclusively for heat exchangers, which feature
impermeable and non-porous walls. Compared to those in non-
porous walls, polarisation effects are reduced in porous mem-
branes because the total solid-liquid contact area is relatively
small. As a result, the traditional Nusselt and Sherwood
correlations may underestimate the heat and mass transfer
coefficients. Although the applicability of the correlations has
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Nomenclature

a; b; c Empirical constants for Eqs. (23)–(25)
C Membrane distillation coefficient (kg/m2 s Pa); con-

centration (wt%)
d or D Diameter (m); diffusivity (m2/s)
Gr Grashof number
h Heat transfer coefficient (W/m2K)
H Overall heat transfer coefficient (W/m2K)
DHV Heat of vaporization (J/kg)
J Mass flux (kg/m2 s or kg/m2h)
kB Boltzmann constant (1.38 � 10�23 J/K)
kL Solute mass transfer coefficient (m/s)
kT Thermal conductivity (W/m K)
Km Membrane permeability coefficient (s mole1/2m�1

kg
�1/2

)
Kn Knudsen number
L Length (m)
M Molecular weight (kg/mol)
n Mole fraction
nþ; n� Valences
Nu Nusselt number
P Mean partial pressure (Pa)
P Vapour pressure (Pa); pressure (Pa)
DP Vapour pressure difference (Pa); pressure difference

(Pa)
P� Saturated vapour pressure (Pa)
Pr Prandtl number
Q Volumetric flow rate (mL/min); heat flux (J/m2 s)
r Radius (m)
R Gas constant (8.31 J/mol K); resistance (Pa m2h/kg)
Re Reynolds number
Sc Schmidt number
Sh Sherwood number
T Temperature (K)

Subscript
b Bulk
f Feed
g Gas
h Hydraulic
I Interface
L Liquid
m Membrane
p Permeate; pore
s Solute
v Vapour
w Water

Greek letters
d Thickness (m)
e Porosity
hv Viscosity of vapour [Pa s]
l Mean free path (m)
lþ; l� Limiting ionic conductance
m Viscosity of liquid (Pa s)
r Density (kg/m3)
s Collisions diameter (m)
t Tortuosity
g Activity coefficient
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been questioned over the past decade [13–15], studies on the re-
evaluation of the correlations are still limited. Additionally, the
developed correlations were validated by using pure water rather
than applied to aqueous solutions [14,15].

In this work, a laboratory-produced rectangular cross-flow flat-
sheet membrane module is studied for desalination process. NaCl
solutions are examined as the feed solutions in which polarisation
effects and transport resistances are considered. The semi-
empirical correlation that is formulated especially for the
rectangular cross-flow flat-sheet membrane module and pure
water as the feed solution in our previous paper [16] is investigated
in this study. The fitness of the formulated correlation as well as
the traditional correlations are discussed.

2. Theory

Generally, mass transfer through a porous membrane in the
membrane distillation (MD) process can be governed by different
mechanisms: Knudsen diffusion, viscous flow, molecular diffusion
or any combination thereof [6,17]. In vacuum membrane distilla-
tion (VMD), molecular diffusion is ignored when the partial
pressure of air inside the membrane pores is low [4,9]. As a result,
Knudsen diffusion, viscous flow or both should be considered in
the VMD process [18,19]. These models propose a linear relation-
ship between the water vapour flux Jð Þ and the water vapour
pressure difference DPð Þ across the membrane [14,20]:

J ¼ CDP ¼ C PI � PPð Þ ð1Þ
where Cis the net VMD coefficient which is dependent on the
membrane geometric structure and on the temperature. PI and PP

are the partial pressure of water vapour at the membrane surface
on the feed side and that on the permeate side, respectively.

The Knudsen number Knð Þ, defined as the ratio between the
mean free path and the pore size, is used to determine the
mechanism that dominates mass transfer through a membrane.

Kn ¼ l
dp

ð2Þ

where l and dp are the mean free path and pore size, respectively.
In VMD, desalination is a single- component transport process
when NaCl aqueous solution is tested as the feed. Thus, only water
vapour is transferred through the membrane pores. The mean free
path of water vapour molecules is estimated as follows [4,9]:

l ¼ kBTffiffiffi
2

p
pPs2

ð3Þ

where s is the collision diameter of water vapour (i.e. 2.641 Å), kB is
the Boltzmann constant, P is the mean pressure within the
membrane pores and T is the absolute temperature. One type of
commercial flat-sheet polyvinylidene fluoride membrane (West-
ran S, Whatman) with a nominal pore size of 0.2 mm, is employed
in this study. Under the experimental conditions applied in this
work, feed temperatures ranging between 65 and 90 �C under a
constant permeate pressure of 14.5 kPa, the mean free path of
water vapour molecules varies between 0.38 and 0.76 mm. Thus,
the value of Kn varies from 1.9 to 3.8 for a pore size of 0.2 mm.
Consequently, both Knudsen diffusion and viscous flow should be
considered in the VMD process [6,9]. In this case, the Kinetic
Theory of Gases, or more precisely the Dusty gas model, suggests
that a transition mode of the Knudsen-viscous mechanism governs
water vapour transport through membrane pores [16,21]:

C ¼ 1:064
rs
td

M
RTm

� �0:5

þ 0:125
r2s
td

MPm

hRTm

� �
ð4Þ

where r is the membrane pore radius, e is the membrane porosity, t
is the tortuosity, d is the membrane thickness, Mw is the molecular
weight of water vapour, h is the viscosity of water vapour, R is the
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universal gas constant, Tm is the average temperature of the
membrane, and Pm is the average partial pressure in the membrane
pores. The VMD coefficient C is relied on the membrane geometric
structure and on the temperature.

The geometric structure parameter r=tdð Þ of the membrane is
measured by low-range pressure gas permeation method [9,13]. N2

gas is used as the test gas. The pressure difference across the
membrane is ranging from 100 to 600 Pa. The measurement is
conducted at room temperature, i.e. 25 �C. In the considered
experimental conditions, the mean free path of N2 molecules (s of
N2 is 3.798 Å) varies between 21 and 129 mm. The corresponding
Knudsen number varies between 107 and 643 in which the Kinetic

Theory of Gases suggests the gas flux Jg
� �

through the membrane

is governed by the Knudsen diffusion model:

Jg ¼ Km

ffiffiffiffiffiffiffi
Mg

q
DP ð5Þ

where Km is the permeability coefficient, Mg is the molecular
weight of N2 gas and DP is the pressure difference across the
membrane. The permeability coefficient is further defined as
follows

Km ¼ 1:064ffiffiffiffiffiffiffiffiffiffi
RTm

p rs
td

� �
: ð6Þ

Low pressure range is selected in order to preserve the original
physical properties of the membranes. A small change on the
membrane structure can be sensitively detected. The gas flow rate
across the membrane is low so that to minimise the human error
during the measurement. The membrane parameter (e/td) is
obtained from the slope of the plot Jg versus DP.

Fig. 1 shows the heat and mass transfer in the cross-flow VMD
process. For non-ideal binary mixtures such as NaCl aqueous
solutions, the partial pressure of the water vapour on the feed side
is evaluated as follows [22,23]:

PI ¼ 1 � ns;I
� �

gWP
�
W ð7Þ
Fig. 1. Hypothetical diagram of the heat and ma
where ns;I is the mole fraction of NaCl at the membrane surface, gW

is the activity coefficient of water, and P
�
W is the saturation pressure

of pure water. The activity coefficient of water in a NaCl solution is
given by [4,24]

gw ¼ 1 � 0:5ns;I � 10n2
s;I ð8Þ

The saturation pressure of pure water is estimated by the
Antoine equation [8,21]:

P
�
w ¼ exp 23:1964 � 3816:44

T I � 46:13

	 

ð9Þ

where TI is the feed temperature at the membrane surface.
The partial pressure of water vapour at the membrane surface

on the permeate side Pp
� �

is equal to the absolute pressure applied
on the permeate side ðPvÞ [25,26]:

Pp ¼ Pv: ð10Þ
Boundary layers are significant in the VMD process when

employing a highly-permeable membrane. The solute concentra-
tion at the membrane surface may differ from that in the bulk
phase. In MD, the film theory model is commonly used to describe
the mass transfer of solutes through the feed boundary layer
[4,27,28]:

J ¼ kLrln
ns;I � ns;p

ns;b � ns;p

� �
ð11Þ

where kL is the solute mass transfer coefficient in the liquid feed
phase, r is the density of the feed solution, ns;b is the molar fraction
of salt in the feed bulk phase and ns;p is the molar fraction of salt in
the permeate phase. To test NaCl solutions as feed solutions, the
liquid phase is evaporated at the vapour–liquid interface while the
salt is retained in the liquid feed phase. The water vapour travels
through the membrane pores and is condensed as distilled water in
the permeate phase. As a result, the value of ns;p must be equal to
ss transfer in the cross-flow VMD process.
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zero; thus, Eq. (11) is reduced to the following expression [1,17]:

J ¼ kLrln
ns;I

ns;b

� �
ð12Þ

Because of the vacuum pressure applied on the downstream
side of the membrane, the boundary layer on the permeate side is
negligible [9,29].In the porous membrane used in MD, heat is
transferred together with the mass flux through the membrane
pores. Heat is also transferred by conduction through the
membrane matrix and the vapour as well as air trapped inside
the pores. The heat transfer across the membrane ðQmÞ can be
derived as [6]:

Qm ¼ JDHv þ km
d

TI;f � T I;p
� � ð13Þ

where DHv is the latent heat of vaporisation, km is the thermal
conductivity of the membrane, and TI;f and TI;p are the temper-
atures of membrane interfaces on the feed side and on the
permeate side, respectively. The thermal conductivities of PVDF
range from 0.17 to 0.22 W/m K. When the porosities of the porous
membranes are significant (>35%), the thermal conductivities of
the membranes can be reduced to between 0.04 W/m K and
0.06 W/m K [9,17]. Additionally, the thermal conductivities of the
water vapour and air are respectively 0.024 and 0.032 W/m K at
100 �C. In VMD, the vacuum pressure applied on the downstream
side of the membrane is able to remove the water vapour and air
that trapped inside the pores. Hence, the thermal conductivity of
the porous PVDF membrane is further reduced. As a result, the heat
transfer by the conduction through the membrane is usually
neglected in VMD process [9,21]:

Qm ¼ JDHv ð14Þ
Additionally, a perforated metal support is in intimate contact with
the membrane in order to prevent the membrane from rupturing.
The heat transfer resistance due to this support is neglected in this
study as its porosity is high i.e. approximately 74%. The vapour is
directed by the vacuum suction and then condensed in the cold
trap.

The boundary layer that develops next to the membrane surface
can cause the temperature at the membrane surface to differ from
the temperature in the bulk phase. The heat transfer coefficient in
the boundary layer can affect the heat flux and the vapour flux
through the membrane. The heat transfer through the boundary
layer in the liquid feed phase ðQ f Þ is expressed as follows [15,18]:

Q f ¼ hL Tb � T Ið Þ ð15Þ
Table 1
Summary of the Nusselt and Sherwood correlations commonly used for the estimation

No. Heat and mass transfer correlation Characteris

(1) Nu ¼ 1:86 RePrdh=Lð Þ1=3 Flat-sheet m

Sh ¼ 1:86 ReScdh=Lð Þ1=3 Flat-sheet m

Flat-sheet m
Flat-sheet m
Hollow-fibr

(2) Nu ¼ 1:62 RePrdh=Lð Þ1=3 Flat-sheet m

Sh ¼ 1:62 ReScdh=Lð Þ1=3
(3) Nu ¼ 4:36 þ 0:036 RePrdh=Lð Þ

1 þ 0:0011 RePrdh=Lð Þ0:8
Capillary an

Sh ¼ 4:36 þ 0:036 ReScdh=Lð Þ
1 þ 0:0011 ReScdh=Lð Þ0:8

Flat-sheet m

(4) Nu ¼ 0:74Re0:2 GrPrð Þ0:1Pr0:2 Flat-sheet m

Sh ¼ 0:74Re0:2 GrScð Þ0:1Sc0:2
where hL and Tb are the heat transfer coefficient in the liquid feed
phase and the bulk feed temperature, respectively.

By neglecting the heat transfer resistance through the vacuum
side, the energy balance of the process can be expressed as follows
[18,29]:

JDHv ¼ hL Tb � TIð Þ ð16Þ
Heat and mass transport in MD can be limited by the boundary

layers in the liquid feed phase, the membrane itself or both. In
general, the magnitudes of the boundary layer resistances in the
feed phase can be measured by the corresponding polarisation
coefficients. The resistances due to the thermal and concentration
boundary layers can be measured by the temperature polarisation
coefficient (TPC) and concentration polarisation coefficient (CPC),
respectively [9]:

TPC ¼ TI

Tb
ð17Þ

CPC ¼ ns;b

ns;I
ð18Þ

The heat and mass transfer resistances in the feed phase affect the
VMD process when the values of the TPC and CPC are less than 1.
The effectiveness of the feed flow channel in accommodating heat
and mass transfer is good when the values of TPC and CPC approach
unity.

Vapour pressure is a function of temperature and concentration
in the desalination process. Because the resistance on the permeate
side is neglected in VMD, the total resistance is composed of the
resistances in the feed boundary layer ðRLÞ and in the membrane
ðRmÞ. These resistances can be evaluated as follows [30]:

RL ¼ pb � pI
J

ð19Þ

Rm ¼ pI � pp
J

ð20Þ

where pb is the vapour pressure in the bulk phase.
Both the temperature and concentration at the membrane

surface cannot be measured experimentally, but they can be
estimated using Eqs. (16) and (12), respectively. The heat and mass
transfer coefficients can be calculated from the corresponding
 of MD heat and mass transfer in feed flow channels under laminar flow.

tics of membrane module

embrane module; horizontal position; L = 55 mm [32]

embrane module; vertical and horizontal positions; L = 100 mm [30,33]

embrane module; horizontal position; L = 100 mm [34]
embrane module; horizontal position; D = 58 mm [21]

e membrane module; horizontal position; L = 140 mm [35]
embrane module; L = 125 mm [36]

d tubular membrane modules; L = 0–100 mm [37]

embrane modules; vertical position; L = 100 mm [38]

embrane modules; vertical and horizontal positions; L = 300 – 660 mm [39,40]
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Nusselt ðNuÞ and Sherwood ðShÞ numbers:

hL ¼ kT
dh

� �
Nu ð21Þ

kL ¼ Ds

dh

� �
Sh ð22Þ

where kT, Ds and dh are the thermal conductivity of the feed
solution, the solute diffusivity and the hydraulic diameter,
respectively.

The Nusselt and Sherwood numbers are usually estimated
based on various existing correlations developed for non-porous
and rigid walls. The analogy between the Nusselt and Sherwood
correlations are commonly employed in MD to determine the heat
and mass transfer coefficients simultaneously [13,24,31]. Different
flow regimes in the feed channel require different correlations. The
Reynolds numbers explored in the present study ranged from
150 to 1400, under which the feed flow is always laminar
ðRe < 2100Þ. The existing correlations for laminar flow are listed in
Table 1. These correlations are commonly used to estimate the heat
and mass transfer coefficients in most of the MD literature. These
correlations are considered in this study because the lengths ðLÞ as
well as the hydraulic diameters ðdhÞ of the feed flow channels are
relatively short, i.e. 55–660 mm. Moreover, the length of the feed
flow channel of the flat-sheet membrane module used in this study
falls within this range, i.e. 102 mm.

In re-evaluating the heat and mass transfer coefficients for a
rectangular cross-flow channel with a porous and phase-change
wall, the general forms of the heat and mass transfer correlation,
respectively, can be expressed as follows [13,15]:

Nu ¼ aRebPrc ð23Þ

Sh ¼ aRebScc ð24Þ
where Pr and Sc are Prandtl and Schmidt numbers; a, b and c
represent the characteristic constants of the module design and
liquid flow regime. Based on the analogy between heat and mass
transfer, Eqs. (23) and (24) can be rearranged as follows:

NuPr�c ¼ ShSc�c ð25Þ
It should be noted that the semi-empirical Nusselt correlation,
which was developed specifically for the same rectangular cross-
flow flat-sheet membrane module in our previous study, was
Fig. 2. Cross-sectional view of the rectangular cross
considered in this work, for which the values of a, b and c were

2:76 � 10�3, 0.97 and 3.7909, respectively [16]. The schematic
diagram of the rectangular cross-flow flat-sheet membrane
module is shown in Fig. 2.

The physical properties of the NaCl solution employed were
evaluated at the mean temperature between the inlet and outlet
bulk temperatures. The equations defining physical properties
such as density, viscosity, heat capacity, thermal conductivity and
solute diffusivity are listed in Table 2.

In this work, the theoretical flux was calculated by using Eq. (1).
Thermal and concentration layers were considered at the
membrane surface on the feed side because NaCl solutions were
tested as the feed solutions. First, the bulk feed temperature Tb ¼
Tfi þ T foð Þ=2 was calculated as the mean value between the inlet
and outlet module temperatures. The inlet temperature T fi and
outlet temperature Tfo of the module were recorded during the
experiments. The bulk feed concentration ns;b ¼ nfi þ nfoð Þ=2 was
calculated as the average value between the inlet and outlet
module temperatures. The inlet concentration nfi and outlet
concentration nfo of the module were determined by the
conductivity values. The Re, Pr and Sc were calculated at the bulk
feed temperature and concentration. The heat transfer coefficient
hL and the mass transfer coefficient kL were calculated from the
semi-correlations as listed in Table 1 as well as Eq. (25) with
c ¼ 3:7909. Next, the temperature at the membrane surface T I was
obtained from Eq. (16) and the solute concentration at the
membrane surface ns;I was worked out from Eq. (12). The flux J in
Eqs. (12) and (16) were obtained from the experiments. It should
be noted that different values of TI and ns;I was obtained from
different correlations.

A correction factor mb=mIð Þ0:14 was employed to calculate the
new values of Nuas there was a great temperature difference
between the bulk and the membrane surface ðDT > 10�CÞ. Then, a
new T I was calculated from Eq. (16). However, the concentration
difference between the bulk and the membrane surface was
negligible (i.e. Dns ranges from 0.2 to 3.7% by using the existing
correlations and 10�6 to 10�5% by using the correlation developed
in [16]). The corresponding VMD coefficient Cand vapour pressure
at the membrane surface PI were respectively calculated from Eqs.
(4) and (7). Finally, the theoretical flux was estimated from Eq. (1).

Next, the temperature polarisation coefficient (TPC) and the
concentration polarisation coefficient (CPC) were calculated from
Eqs. (17) and (18), respectively by using the T I and ns;I which
obtained from the previous steps. The resistances in the feed
-flow flat-sheet membrane module in scale 1:1.



Table 2
Equations for estimating the physical properties of the NaCl solution.

Equations Remarks

Density: r ¼ 980 þ 1950ns;b Temperature range from 50 to 90 �C [41]

Viscosity: m ¼
8:7 � 10�4 � 6:3 � 10�6T

� �
1 þ 12:9ns;b
� �

Can be correlated within � 4% [41]

Heat capacity: Cp ¼ 4180 � 8370ns;b Temperature range from 50 to 90 �C [41]

Thermal conductivity: kT ¼
0:608 þ 7:46 � 10�4T

� �
1 � 0:98ns;b
� �

Can be correlated within � 4% [41]

Solute diffusivity:

Ds ¼ 8:928 � 10�14T
� 1=nþþ1=n�ð Þ
1=lþþ1=l�ð Þ

T
334m.

is is the Nernst-Haskell equation [42]. T
� ¼ 298:15K; nþ and n� are the valences of the cation and anion, respectively at

25 �C; lþ and l� are the limiting ionic conductances in the dilute solution at 25 �C; and m is the viscosity in centipoises
unit which is evaluated at T
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boundary layer and in the membrane were worked out from Eqs.
(19) and (20), respectively.

3. Experimental

3.1. Gas permeation test

The low-range pressure gas permeation test used in this work is
presented in Fig. 3. Pure N2 was used as the test gas. The
experiment was carried out at a room temperature of 25 �C. The
flat-sheet Westran S PVDF membrane was placed inside the
rectangular membrane module. The membrane module comprised
of a gas inlet and a gas outlet. The gas pressure was controlled by
using a needle valve. The upstream pressure was varied in a low-
range pressure of 100–500 Pa, whereas, the downstream pressure
was kept constant at atmospheric pressure. The pressure differ-
ence between the upstream and downstream sides of the
membrane was measured by using a digital manometer (TPI
625, Korea). The membrane samples were in dry condition.
Fig. 3. Low-pressure gas permeation test for membrane permeability measurement (no
digital manometer; 5: needle valve; 6: soap solution; 7: a thin soap film; 8: ball (drain
Approximately 10–15 mL of soap solution was poured into an
acrylic pipe. After a desired pressure difference was set on the
digital manometer using the needle valve, the acrylic pipe was
shaken slowly and carefully to obtain a soap film. The gas velocities
were determined by measuring the time taken by the soap film to
rise 20 cm in the acrylic pipe (cross- sectional area � 20 cm2) open
to the atmosphere.

3.2. Cross-flow vacuum membrane distillation (VMD) experiment

Analytical- grade sodium chloride, NaCl (�99%) purchased from
Qrëc, USA, was dissolved in distilled water to prepare feed
solutions. The cross-flow vacuum membrane distillation (VMD)
experimental setup employed in this study is shown in Fig. 4. The
feed solution was pumped using a calibrated digital gear pump
(Micropump Drives 75211-35 & Pump head 07003-04, Cole-
Parmer Instrument Co., Illinois, USA) through a heating bath
(Model 9012A12E, Polyscience, Niles, IL USA), and then it entered
the membrane module. The cross-sectional view of the membrane
t to scale). 1: Module with a flat membrane; 2: acrylic pipe; 3: N2 gas reservoir; 4:
) valve.



Fig. 4. Schematic diagram of physical flow of the experimental VMD apparatus. 1: membrane module with a flat membrane as shown in Fig. 2; 2. Feed reservoir; 3. Feed
pump; 4: rotameter; 5: temperature control bath with heating coil; 6: cold trap housed in dewar; 7: temperature transmitters; 8: pressure gauges; 9: vacuum pump; 10: feed
valve; 11: rejection discharging valve; 12: beaker for rejection collection; 13: vent valve; 14: standby valve.
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module is shown in Fig. 2. The effective membrane area was
71.40 cm2. Two digital temperature transmitters (T16LT2, Cecomp
Electronics, Inc., Libertyville, IL, USA) were installed on the feed
inlet and outlet, and one unit on the module downstream side,
each to one significant figure. The temperature transmitters were
calibrated and the calibrated values were compared with the
calibrated temperature value of the heating bath. A vacuum on the
Fig. 5. The measurement of membrane permeability reported as N2 gas flux versus the ga
the Knudsen diffusion fits of the data.
downstream side was created by a vacuum pump (Rocker 300,
Today’s Instruments Co., Ltd., Taiwan) which was equipped with a
vacuum gauge pressure. A cold trap, refrigerated by liquid nitrogen,
was used to condense the water vapour.

The concentrations of NaCl in the feed solutions and the
permeates were measured by using a conductivity meter (CON
s pressure difference for six samples of the Westran S membrane. The solid lines are
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1500, Eutech Instrument Pte Ltd., Ayer Rajah Crescent, Singapore).
The conductivity meter was calibrated before used.

The experimental flux was determined by the following
equation:

J ¼ m
A � Dt

ð26Þ

where m is the total mass of water vapour that permeates through
the membrane, A is the effective membrane area, and Dt is the
operation time. Each experiment was repeated at least two times
in order to evaluate the reproducibility of the results. At the end of
each experiment, the weight loss of the liquid feed was compared
with the weight gain of the condensed permeate. A good
agreement was found, that was below 5%.

4. Results and discussion

4.1. Membrane permeability

Graphs of Jg versus DP were plotted in order to obtain the
permeability coefficient ðKmÞ for the Westrans S membranes as
shown in Fig. 5. The average measured value of the Km for the
Westran S membranes used in this work is (3.16 � 0.08) � 10�5

mol1/2 s m�1 kg�1/2, which is of the same order of magnitude as the
value of the commercial membranes employed in the literature
[27,43]. The nominal pore size of the Westran S membrane is
0.2 mm (provided by the manufacturer). The membrane parameter
e=tdð Þ of the membrane was calculated based on Eq. (6). The values
of the membrane parameter e=tdð Þ were ranging from 14000 to
17000 m�1

4.2. Performance of desalination by VMD

The effect of process conditions on the VMD flux was
investigated. The parameters varied in this work were the feed
flow rate ðQ f Þ, feed temperature ðT fÞ and feed concentration of
NaCl ðCf Þ. Two groups of experiments were carried out. In the first
group, the fluxes were measured by changing the feed temperature
from 65 to 90 �C for each of the following feed flow rates: 300, 600,
900, 1200, 1500 and 1800 mL/min at a constant feed concentration
of 2.0 wt% NaCl. In the second group, the feed concentration was
Fig. 6. Experimental flux ðJexpÞ as a function of the feed flow rate ðQ f Þ at diff
varied between 0.5 and 4.0 wt% NaCl for each of the feed flow rates
300, 600, 900, 1200, 1500 and 1800 mL/min at a constant feed
temperature of 80 �C.

It is worth noting that the temperatures at the module inlet
strongly deviated from the temperatures set at the heating
circulator, i.e. the temperature deviations varied between
11.1 and 21.8 �C. Under these conditions, the Reynolds numbers
range from 150 to 1400, the Prandtl numbers range from 2.8 to
3.9 and the Schmidt numbers range from 120 to 240. In all of the
experiments, the pressure on the vacuum side was maintained at a
value of 14.5 kPa.

The relationships between the feed flow rates and the fluxes at
different feed temperatures and a constant feed concentration of
2.0 wt% NaCl are presented in Fig. 6. As shown, the flux increases
with the feed flow rate. The dependence of the flux on the feed flow
rate indicates the presence of boundary layers in the liquid feed
phase. At a high feed flow rate, the heat and mass transport from
the bulk feed to the membrane surface are enhanced, and the
temperature and the concentration at the membrane surface
approach the corresponding temperature and concentration in the
bulk phase, resulting in a greater flux. Overall, the fluxes are greater
than 5 kg/m2h. The Westran S membrane is a highly permeable
membrane that is suitable for desalination applications using
VMD. As a result, the effect of polarisation boundary layers on the
fluxes should not be ignored in this work [9].

Fig. 7 depicts the experimental flux as a function of the feed
temperature for different feed flow rates. The results show that the
flux increases with the both flow rate and temperature of the feed
solution. The flux increases exponentially with the feed tempera-
ture. These trends can be attributed to the exponential increase in
the water vapour pressure with temperature as indicated by the
Antoine equation. The experimental data were fitted to Arrhenius-
type correlations represented by the solid lines, i.e.
J / exp �DHv=RTfð Þ, with correlation coefficients greater than
0.96. The results suggest that the experimental method is suitable
and sufficient.

The effect of the feed flow rates on the fluxes at different feed
concentrations is shown in Fig. 8. At a constant feed temperature of
80 �C, the flux increases with the feed flow rate. The dependence of
the flux on the feed flow rate denotes the existence of polarisation
layers in the feed phase. Interestingly, the variation of the feed
erent feed temperatures using 2.0 wt% NaCl solution as the feed solution.



Fig. 7. Experimental flux ðJexpÞ as a function of the feed temperature ðTf Þ at different feed flow rates using 2.0 wt% NaCl solution as the feed solution. The solid
lines are the Arrhenius fits of the data.
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concentration from 0.5 to 4.0 wt% NaCl does not affect the flux
significantly, as shown in Fig. 9. These experimental results are in
agreement with Eq. (7) which indicating that the NaCl concen-
trations between 0.5 and 4.0 wt% have almost no effect on the
partial pressure of the water vapour essentially, because the
activity coefficient of water in the NaCl solutions is close to 1.

The measured conductivity values of the permeates were
between 1.1 and 1.5 mS/cm, whereas the measured conductivity
values of the feed solutions ranged from 9400 to 64800 mS/cm at
room temperatures of 23–27 �C. The rejections of NaCl were 100%,
which suggested no solute permeation.

The error bars corresponding to each point reported in Figs. 6–9
were less than 6%. The percentages of the deviations were small
and the experimental data were acceptable for the ensuing
evaluations.
Fig. 8. Experimental flux ðJexpÞ as a function of the feed flow rate ðQ f Þ at d
4.3. Validation of correlations

The purpose of this section is to verify the applicability of
various Nusselt and Sherwood correlations for desalination via the
VMD process. The traditional correlations listed in Table 1 as well
as the correlation developed by Chiam and Sarbatly [16] were
examined. The heat transfer coefficients ðhLÞ and the solute mass
transfer coefficients ðkLÞ in the liquid feed phase were estimated
simultaneously from the respective Nusselt and Sherwood
correlations to calculate the theoretical fluxes, where the calcula-
tion procedures were described in Theory section.

Fig. 10(a) and (b) respectively report the values of Nusselt and
Sherwood numbers calculated from all the correlations. The
Nusselt number ranges from 7 to 30 and Sherwood number from
28 to 240 when estimated by using the traditional correlations (1)–
(4). These numbers were employed to predict the theoretical fluxes
ifferent feed concentrations and a constant feed temperature of 80 �C.



Fig. 9. Experimental flux ðJexpÞ as a function of the feed concentration ðCf Þ at different feed flow rates and a constant feed temperature of 80 �C.

178 C.-K. Chiam, R. Sarbatly / Chemical Engineering and Processing 102 (2016) 169–185
at various process conditions of VMD. Fig.11 shows the comparison
between the calculated fluxes ðJcalÞ and the experimental fluxes
ðJexpÞ for the different correlations. The results show that the fluxes
predicted from the traditional correlations are less than zero. This
is due to the predicted values of the partial pressure of water at the
membrane surface are lower than the permeate pressure.
Consequently, employing the traditional correlations for the
laminar flow conditions considered ð150 < Re < 1400Þ and the
membrane module design used in this work can introduce a
noticeable error in estimating the heat and mass transfer
coefficients.

It is noted that the Nusselt correlation formulated by Chiam and
Sarbatly [16] and the corresponding Sherwood correlation derived
from the heat-mass transfer analogy, i.e. Eqs. (23)–(25), are
acceptable for analysing the heat and mass transfer performance of
VMD desalination. However, the correlations have overestimated
63% of the experimental data by deviations of more than 25%.
These large deviations could be due to the thermal properties of
the feed solutions. The tested correlations are developed by using
distilled water as the feed solution as described in our previous
paper [16]. The physical properties of water i.e. density, viscosity,
heat capacity and thermal conductivity are highly dependent on
temperature. In a contrary, the physical properties such as density
and heat capacity of NaCl solutions are almost constant when the
concentration of NaCl varies from 0.5 to 4.0 wt%. Although the
water vapour flux increases with the feed temperature when
distilled water as well as NaCl solutions are tested as the feed
solutions, the heat transfer parameters (i.e. Re, Pr, Nu, hL) behave
differently. The deviation values of the physical properties
between the distilled water and the NaCl solutions become larger
especially when the mean bulk feed temperature increases.

Interestingly, the correlations developed in our previous paper
[16] do fit well with the experimental data indicating relatively low
fluxes. In view of the significant temperature fluctuation, the
magnitudes of the deviations of the fluxes between the predicted
values and the experimental values below 20% are considered
agree well with the correlations. As a result, approximately 30% of
the experimental fluxes do fit well with the correlations, as shown
in Fig. 12. Approximately 85% of these experimental fluxes are
below 25 kg/m2h, and the remaining fluxes are between 25 and
30 kg/m2h. Consequently, the relatively low feed flow rates and/or
feed temperatures, which yield fluxes below 30 kg/m2h, are
investigated in the succeeding sections.

4.4. Equations of heat and mass transfer coefficients

Both the Nusselt and Sherwood correlations in Eqs. (23)–(25),

with a, b and c values of 2:76 � 10�3, 0.97 and 3.7909 [16],
respectively, are further investigated. As discussed in section 4.3,
the correlations are specifically valid for fluxes below 30 kg/m2h.
Therefore, the feed flow rates and feed temperatures were chosen
based on the corresponding experimental fluxes reported in
Figs. 6–9. In the first group of experimental conditions, the selected
feed temperature included the range 65 to 80 �C for each of the
following feed flow rates at a constant feed concentration of
2.0 wt% NaCl: 300, 600, 900, 1200, 1500 and 1800 mL/min. In the
second group of experiments, the selected feed concentrations
ranged between 0.5 and 4.0 wt% NaCl for each of the feed flow rates
at a constant feed temperature of 80 �C: 300, 600, 900 and
1200 mL/min.

By considering the process conditions at the corresponding
experimental flux below 30 kg/m2h, the Nusselt correlation was
simplified to equations that can relate the boundary layer heat
transfer coefficient ðhLÞ and the bulk feed temperature ðTbÞ. Similar
equations were also obtained from the Sherwood correlation,
which relates the solute mass transfer coefficient ðkLÞ and the bulk
feed temperature ðTbÞ. These equations were employed in the
following simulation studies.

The effect of the bulk temperatures on the heat and mass
transfer coefficients at different feed flow rates ranging from 300 to
1800 mL/min at a constant feed concentration of 2 wt% NaCl,
respectively, shown in Fig. 13(a) and (b). The corresponding effect
on the heat and mass transfer coefficients at different feed
concentrations ranging from 0.5 to 4.0 wt% NaCl at the randomly
selected feed flow rate of 600 mL/min are presented in Fig. 13(c)
and (d). The solid lines were generated by least-squares analysis.
Both the heat and mass transfer coefficients are suggested to be
quadratic functions of the bulk feed temperatures at the
corresponding correlation coefficients of R2 ¼ 1:000.

As shown in Fig. 13, the heat and mass transfer coefficients
decrease as the bulk feed temperature increases. At a high feed
temperature, a larger amount of heat is supplied to the membrane



Fig. 10. (a) The Nusselt numbers calculated by using the correlations based on the experimental conditions. (b) The Sherwood numbers calculated by using the correlations
based on the experimental conditions.
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surface to vaporise the water; consequently, the temperature of the
liquid water drops significantly at the membrane surface due to the
vaporisation and the vapour transport to the cooling permeate
side. The concentration of solute increases slightly when the liquid
fraction reduces. The heat and mass transfer coefficients increase
as the feed flow rate increases. During the experiments, the mean
bulk feed temperature increases with the feed flow rate. However,
the enhancement of the bulk feed temperature is small i.e. 0.5–2 �C
which has no significant reduction effect on the heat and mass
transfer coefficients. The effect of feed flow rate has compensated
the effect of mean bulk feed temperature on the heat and mass
transfer. At the high feed flow rate, the temperature and the
concentration at the membrane surface approach the correspond-
ing temperature and concentration in the bulk phase; thus, the
polarisation effects decrease as the feed flow rate increases.
The graphs in Fig. 13(c) and (d) show how the heat and mass
transfer coefficients increase with increasing feed concentration.
Compared to the Reynolds number, the Prandtl and Schmidt
numbers appear to be more influential in determining the Nusselt
and Sherwood number, respectively. Unlike the empirical con-
stants employed in the traditional correlations, where b ffi c, as
presented in Table 1, Fig. 13(c) and (d) were generating using a c
value that is approximately four times greater than the b value. It
can be observed that the ratios of m=kTð Þ and m=Dsð Þ increase with
the NaCl concentration in the feed solution. As a result, the
viscosity of the NaCl solution is recognised as a significant property
affecting both the Prandtl and Schmidt numbers and also the
corresponding simulated heat and mass transfer coefficients.
Additionally, the physical properties of the NaCl solutions, such as
density and heat capacity, are assumed to be independent of



Fig. 11. A comparison of the experimental fluxes and the fluxes calculated by the correlations.
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temperature (see Table 2). This explanation is adequate because
the correlations were previously developed by using distilled
water as the feed solution, whose physical properties are highly
dependent on temperature [16].

Nevertheless, the experimental fluxes reported in Figs. 8 or 9
show almost no change with the feed concentrations ranging from
0.5 to 4.0 wt% NaCl. However, there is a discrepancy in the
simulated data plotted in Fig. 13(c) and (d). It is deduced that the
viscosity effect may not be the main factor that controls the flux
when a NaCl solution is used as the feed solution; rather, the
vapour pressure may be the most significant parameter that
Fig. 12. The good agreement between 30% of the experimental fluxes (< 30 kg/m2h) 
determines the flux. As revealed by Schofield et al [41] in a
comparative study of pure water and a 30 wt% NaCl solution tested
at 81 �C in a DCMD system, a 29% reduction in vapour pressure
reduced the flux by 32%, whereas the flux was reduced by 11% due
to viscosity effects. In fact, the vapour pressure has no effect on
heat and mass transfer parameters such as Re, Pr, Sc, Nu, Sh, hL and
kL; instead, these parameters are dependent on the physical
properties of the feed solution. In this work, the activity
coefficients of water were always greater than 0.992; therefore,
the vapour pressures as well as the fluxes did not change
appreciably as the feed concentration were varied between
and the fluxes calculated by the correlations derived by Chiam and Sarbatly [16].
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0.5 and 4.0 wt% NaCl. Compared to the effect of the heat and mass
transfer coefficients due to the ratios of m=kTð Þ and m=Dsð Þ, the
vapour pressure on the feed side has more influential effect on the
flux.

For comparison, the values of the heat and mass transfer
coefficient documented in the VMD literature range from 50 to
16000 W/m2K [15,25,31,44] and from 10�4 to 10�6m/s [31,45,46].
respectively. The rectangular cross-flow flat-sheet membrane
module used in this work could achieve the experimental heat
transfer coefficients between 1121 and 9456 W/m2K which fall
within the reported range. Interestingly, the experimental solute
mass transfer coefficients ranged from 10� to 101m/s, which are
extremely large values i.e. approaching infinity. By using the
calculation procedure described in Theory section, the concentra-
tion differences between the bulk and the membrane surface are
approximately 10�6 to 10�5%. This indicates that the mass transfer
resistance due to the NaCl solute in the feed phase might be
negligible. As a result, the desalination process is mainly affected
by the heat transfer resistance from the feed phase [9].

4.5. Polarisation effects

Based on the values of the temperature and concentration at the
membrane surface, the corresponding temperature polarisation
coefficient ðTPCÞ and concentration polarisation coefficient ðCPCÞ
were obtained from Eqs. (17) and (18); the results are presented in
Fig. 14. The effect of the feed temperature, feed flow rate and feed
concentration on the TPC and CPC was investigated.

Fig. 14 (a) shows that the TPC decreased with increasing
temperature. The temperature polarisation coefficients ranged
from 0.994 to 0.998 at a low feed temperature of 65 �C and
decreased to 0.984–0.990 at a high feed temperature of 80 �C. At
high temperatures, the flux was much higher than that at low
temperatures, as demonstrated in Figs. 6–9. Consequently, a larger
amount of heat was required to vaporise the water at the
membrane surface, which caused the large difference in tempera-
ture between the bulk feed phase and the membrane surface.

Both Fig. 14(a) and (b) shows the values of the TPC at various
feed flow rates. The increase in the heat transfer coefficient in the
boundary layer was induced by the feed flow rate. The temperature
polarisation coefficients were 0.984–0.994 at a low feed flow rate
of 300 mL/min and increased to 0.990–0.998 at a high feed flow
rate of 1800 mL/min. The high feed flow rate reduced the
temperature difference between the bulk feed phase and the
membrane surface.

The values of the TPC did not change significantly as the feed
concentration varied between 0.5 and 4.0 wt% NaCl, as shown
in Fig. 14(b). The temperature polarisation coefficients were
0.985–0.986 at a low feed concentration of 0.5 wt% NaCl and
0.984–0.990 at a high feed concentration of 4.0 wt% NaCl. At a
constant feed temperature of 80 �C, the mole fraction and the
activity coefficient of water at the membrane surface were greater
than 98.5% and 0.992, respectively. These conditions contributed
to the invariant partial pressure of water at the membrane
surface.

Fig. 14(a) and (b) also depicts the values of the CPC. The results
show that the concentration polarisation coefficients approached
unity for all conditions tested. The explanation is as follows. As
described in our previous paper [16], the module design employed
in this work does not allow for smooth transitions of the feed
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solution at the module entrance and exit. The feed solution flowed
out from the exit of the module only when the flow channel was
full. As the liquid viewed like horizontal layers, the disturbance due
to the bulk feed cross-flowing effect on the layers that are nearer to
the membrane surface might be lesser than that on the upper
layers which are nearer to the entrance and exit of the module.
Furthermore, the disturbance due to the cross-flow stream will
become lower if the flow channel height becomes deeper. As a
result, the feed liquid layer with the initial concentration of NaCl
(i.e. same with the concentration in feed bulk phase; ns;I ¼ ns;b)
that was laid next to the membrane might not be affected
practically. Therefore, the values of the solute mass transfer
coefficients plotted in Fig. 13 are accepted, and they approached
the infinite.

The CPC values confirmed that the mass transfer in the
desalination was limited by the membrane itself, i.e. governed
by the Knudsen-viscous resistance. The effect of both feed
boundary layer resistance and membrane resistance on the heat
transfer in the desalination process is further discussed in the next
sections.
4.6. Transport resistances

The effect of the considered process conditions on the transport
resistances in the feed boundary layer and the membrane was
further investigated. Based on the polarisation coefficients
obtained, as discussed in section 4.5, the heat transfer resistance
in the feed phase should not be neglected compared to the mass
transfer resistance because CPC ! 1. On the other hand, the
membrane resistance is known to have been the main factor that
controlled the mass transfer in the desalination process. The
resistances in the feed boundary layer and the membrane at
various process conditions were calculated as shown in Fig. 15.

The feed boundary layer resistance decreased greatly from 400–
450 to 160–240 Pa m2h/kg at corresponding feed flow rates
ranging from 300 to 600 mL/min, and the resistance was reduced
in advance to 52–80 Pa m2h/kg at 1800 mL/min. Additionally, the
feed boundary layer resistance decreased significantly from 82–
211 Pa m2h/kg at a feed temperature of 80 �C to 52–162 Pa m2h/kg
at 70 �C. The results demonstrate that the transport resistance in
the feed boundary layer played an important role at a low feed flow
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rate and high feed temperature and decreased with increasing feed
flow rate and decreasing feed temperature. This effect was due to
the temperature polarisation effect at low feed flow rate and high
feed temperature. However, the feed boundary layer resistance
showed no appreciable variation with the feed concentration, e.g.,
112–444 Pa m2h/kg at 0.5 wt% NaCl and 105–450 Pa m2h/kg at
4.0 wt% NaCl.

The membrane resistance increased considerably from 78–
97 Pa m2h/kg at a feed temperature of 70 �C to 120–140 Pa m2h/kg
at a feed temperature of 80 �C. The results indicate that the
membrane resistance increased with the temperature at the
membrane surface. This effect was due to the fact that the mass
transfer coefficient across the membrane ðCÞ was inversely
proportional to the temperature, as described in Eq. (4). At feed
temperature of 80 �C, the membrane resistance increased slightly
from 100–129 Pa m2h/kg at a feed flow rate of 300 mL/min to
140 Pa m2h/kg at a feed flow rate of 1800 mL/min. At the high feed
flow rate, the temperature at the membrane surface approached
the corresponding bulk temperature. The temperature at the
membrane surface also increased as the bulk temperature
increased. One should note that the membrane resistance slightly
increased as the feed boundary layer resistance decreased. It was
possible for the membrane resistance to exceed the feed boundary
layer resistance at higher feed flow rates and feed temperatures.
However, the membrane resistance did not change significantly
with the feed concentration.
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4.7. Heat transfer resistances in feed and membrane phases

The membrane may also impose significant resistance to the
heat transfer process. To evaluate the heat transfer resistances in
the liquid feed phase and the membrane phase, a series resistance
model was employed [4,9]:

1
H

¼ 1
hL

þ 1
hm

ð27Þ

where H and hm are the overall heat transfer coefficient and the
heat transfer coefficient of the membrane phase, respectively. The
heat transfer coefficient in the membrane phase was estimated as
hm ¼ JDHv=DTm by neglecting the conductive heat lost through
the membrane. The contribution of the individual heat transfer
resistance was calculated as shown in Fig. 16. The data showed that
up to a feed flow rate of 1200 mL/min, more than 50% of the heat
transfer resistance that limited the process occurred in the feed
boundary layer. Thus, the feed flow rate of 1200 mL/min was the
turning point beyond which the heat transfer resistance in the
membrane became dominant in the VMD process.
(a

(b

0

20

40

60

80

100

200 400 600 800 1000

1
/
h

(%
)

Qf (mL/

(1/hL) at 70°C

(1/hm) at 70°C

0

20

40

60

80

100

200 400 600 800

1
/
h

(%
)

Qf (mL/min)
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80 �C and feed concentrations ranging from 0.5 to 4.0 wt% NaCl.
5. Conclusions

This work presented an experimental study of desalination via
the VMD process using a rectangular cross-flow flat-sheet mem-
brane module. The effects of the feed flow rate, feed temperature and
feed concentration on the flux were investigated. The heat and mass
transfer performance of the desalination via the VMD process was
then evaluated. The following results were obtained:

(1) The flux increases with the flow rate of the feed solution. At
higher feed flow rate, the temperature at the membrane
surface approaches the corresponding temperature in the bulk
phase. The dependence of the flux on the feed flow rate is
reduced at relatively low feed temperatures.

(2) The flux increases exponentially with the temperature of the
feed solution, as described by the Arrhenius equation. The
increase in flux with temperature is attributed to the
exponential increase in vapour pressure with temperature
based on the Antoine equation.

(3) The flux does not change significantly with the feed
concentration. The driving force of the partial pressure of
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 flow rates ranging from 300 to 1800 mL/min, feed temperatures ranging from 70 to
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water is almost invariant over feed concentrations ranging
from 0.5 to 4.0 wt% NaCl as the mole percentages and the
activity coefficients of water are greater than 98.5% and 0.992,
respectively.

(4) The traditional Nusselt and Sherwood correlations, which are
the most common correlations employed in the MD literature,
are not applicable for desalination performed using the current
membrane module. However, approximately 30% of the
experimental data do fit the correlations well, Nu ¼ aRebPrc

and Sh ¼ aRebScc, with a ¼ 2:76 � 10�3, b ¼ 0:97 and
c ¼ 3:7909.

(5) Desalination by the VMD process is limited by the heat
transferred across the feed boundary layer, whereas the mass
transfer resistance in the liquid feed phase is negligible. More
than 50% of the heat transfer resistances occur in the feed
boundary layer when the VMD is operated at feed flow rates
below 1200 mL/min, whereas the dominant heat transfer
resistance occurs in the membrane itself when the flow rate
exceeds 1200 mL/min. Mass transfer in the VMD process is
completely controlled by the membrane itself through the
Knudsen-viscous resistance.
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